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Abstract
Syngas fermentation for fuels and chemicals is limited by the low rate of gas-to-liquid mass transfer. In this
work, a unique bulk-gas-to-atomized-liquid (BGAL) contactor was developed to enhance mass transfer. In the
BGAL system, liquid is atomized into discrete droplets, which significantly increases the interface between the
liquid and bulk gas. Using oxygen as a model gas, the BGAL contactor achieved an oxygen transfer rate
(OTR) of 569 mg·L−1·min−1 and a mass transfer coefficient (KLa) of 2.28 sec−1, which are values as much
as 100-fold greater than achieved in other kinds of reactors. The BGAL contactor was then combined with a
packed bed to implement syngas fermentation, with packing material supporting a biofilm upon which gas
saturated liquid is dispersed. This combination avoids dispersing these gas-saturated droplets into the bulk
liquid, which would significantly dilute the dissolved gas concentration. Although this combination reduced
overall KLa to 0.45–1.0 sec−1, it is still nearly 20 times higher than achieved in a stirred tank reactor. The
BGAL contactor/packed bed bioreactor was also more energy efficient in transferring gas to the liquid phase,
requiring 8.63–26.32 J mg−1 O2 dissolved, which is as much as four-fold reduction in energy requirement
compared to a stirred tank reactor. Fermentation of syngas to ethanol was evaluated in the BGAL contactor/
packed bed bioreactor using Clostridium carboxidivorans P7. Ethanol productivity reached 746 mg·L−1·h−1
with an ethanol/acetic acid molar ratio of 7.6. The ethanol productivity was two-fold high than the highest
level previously reported. The exceptional capability of BGAL contactor to enhance mass transfer in these
experiments suggests its utility in syngas fermentation as well as other gas-liquid contacting processes.
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Syngas fermentation for fuels and chemicals is limited by the low rate of gas-to-liquid 
mass transfer. In this work, a unique bulk-gas-to-atomized-liquid (BGAL) contactor was 
developed to enhance mass transfer. In the BGAL system, liquid is atomized into discrete 
droplets, which significantly increases the interface between the liquid and bulk gas. Using 
oxygen as a model gas, the BGAL contactor achieved an oxygen transfer rate (OTR) of 569 
mg·L-1·min-1 and a mass transfer coefficient (KLa) of 2.28 sec-1, which are values as much as 
100-fold greater than achieved in other kinds of reactors. The BGAL contactor was then 
combined with a packed bed to implement syngas fermentation, with packing material 
supporting a biofilm upon which gas saturated liquid is dispersed.  This combination avoids 
dispersing these gas-saturated droplets into the bulk liquid, which would significantly dilute the 
dissolved gas concentration. Although this combination reduced overall KLa to 0.45-1.0 sec-1, it 
is still nearly 20 times higher than achieved in a stirred tank reactor. The BGAL 
contactor/packed bed bioreactor was also more energy efficient in transferring gas to the liquid 
phase, requiring 8.63-26.32 J mg-1 O2 dissolved, which is as much as four-fold reduction in 
energy requirement compared to a stirred tank reactor.  Fermentation of syngas to ethanol was 
evaluated in the BGAL contactor/packed bed bioreactor using Clostridium carboxidivorans P7. 
Ethanol productivity reached 746 mg·L-1·hr-1 with an ethanol/acetic acid molar ratio of 7.6.  The 
ethanol productivity was two-fold high than the highest level previously reported. The 
exceptional capability of BGAL contactor to enhance mass transfer in these experiments 





1. Introduction  
Efforts to convert lignocellulosic biomass into chemicals and fuels has been stymied by 
the recalcitrance of this feedstock.  Biochemical processing, attractive for its selectivity in 
converting polysaccharides into fermentable sugars, requires extensive pretreatment to make the 
biomass more susceptible to enzymes. Most biochemical pathways are not able to use lignin, 
which can be a significant fraction of the biomass feedstock [1–3].  Thermochemical processes 
more readily decompose both polysaccharides and lignin in biomass, but the products can be 
more challenging to upgrade compared to sugars [3].  For example, pyrolysis and solvent 
liquefaction produces hundreds of compounds, while gasification produces mostly light gases 
such as carbon monoxide (CO) and hydrogen (H2). In principle, the gas mixture from 
gasification can be used to synthesize of a wide variety of compounds including fuels and 
chemicals [4]. Recent study has also shown that the use of torrefaction of lignocellulosic biomass 
or waste biomass (such as chitosan and forestry wastes) improved the efficiency of energy co-
generation via direct combustion or gasification [5]. This is due to the improved biomass 
properties such as an increased carbon and energy density and reduced O/C ratio [5]. As a result, 
the use of torrefied biomass improved the economic for “gas-to-liquids” (GTL) synthesis via 
Fischer-Tropsch process [5,6] although it may still faces challenges such as metal catalyst 
poison, strict H2-CO ratio requirement and operation at elevated pressures [7,8].  
On the other hand, syngas can be fermented by acetogenic bacteria to produce fuels and 
chemicals and has several advantages compared to traditional GTL technologies. For example, 
syngas fermentation can occur at atmospheric pressure, avoiding the need for pressure vessels, 
the microorganisms are more robust against sulfur and ammonia contaminants commonly found 
in syngas, and syngas fermentation does not require exact H2:CO molar ratios [9]. Advantages 
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compared to the biochemical route include avoidance of expensive cellulosic enzymes to 
deconstruct polysaccharides and utilization of the lignin fraction of biomass [10,11].  
The commercialization of syngas fermentation faces several challenges including low 
product yield, high product separation cost, and low gas-to-liquid mass transfer rates. Achieving 
high mass transfer rates in syngas fermentation is particularly challenging due to the low 
solubility of syngas components in water, which are the metabolic sources of carbon and energy 
for the microorganism [12].  
Mass transfer in conventional fermentation systems, such as stirred tank or bubble 
column reactors, can be improved through increasing aeration rates and impeller speeds; 
however, this operation usually requires significant increases in energy consumption. Mass 
transfer improvements can also be accomplished through the development of new reactor 
configurations [13,14]. Studies have demonstrated the effectiveness of biofilm-based systems for 
syngas fermentation. Biofilms provide more direct contact between the microorganisms and 
syngas than submerged liquid fermentations. For example, in trickle bed reactors, mass transfer 
occurs across a thin film of water between the bulk gas and the biofilm. Mass transfer is 
enhanced by promoting turbulence in the falling film [13–15]. In hollow fiber membrane (HMF) 
reactors, syngas is pumped into the inside channel of the hollow fiber membrane tube and 
diffuses through the pores in the membrane into the biofilm attached to the outer surface of the 
hollow fiber [16]. Mass transfer coefficient (KLa) values greater than 0.28 s-1 have been 
demonstrated in HFM reactors [16,17]. Other biofilm-based reactors, such as monolithic and 
rotating biofilm reactors, also facilitate mass transfer by reducing the thickness of the boundary 
layer of gas-to-liquid mass transfer [18,19].  
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In traditional fermentation reactors, syngas is supplied through a gas diffuser, i.e., gas is 
sparged into the bulk liquid to form bubbles. The surface area-to-volume ratio increases as 
bubbles are made smaller, which can be accomplished by the use of diffusers with small orifices 
or shearing the bubbles through mechanical agitation with impellers. However, microbubbles can 
cause undesirable foaming in the reactor. Additionally, bubble size can be difficult to control due 
to the surface tension between the liquid and gaseous phases [11].   
An alternative to aeration in traditional submerged liquid fermenters is atomization of the 
bulk liquid into small droplets that are dispersed into a continuous gas phase. The advantages of 
bulk gas-to-atomized liquid (BGAL) mass transfer include larger surface area-to-volume ratios 
and lower energy consumption compared to the production of bubbles in a continuous liquid 
phase to drive gas to liquid mass transfer [20].   
The hydrodynamics of atomized liquids and gas transport across the liquid interface of 
droplets has been previously studied [20,21]. Lucia et al. report a mass transfer coefficient (KLa) 
for oxygen from air into droplets of sodium sulfite solution of 6.99 sec-1 [22]. In addition to these 
fundamental investigations, the concept of atomizing liquid droplets for enhancing gas-liquid 
contact has been utilized in industrial applications such as removing pollutants in coal-fired 
power plant exhaust gas, scrubbing carbon dioxide and sulfur dioxide in cement processing 
[20,23] and aeration of wastewater for aerobic treatment [24].  
To our knowledge, however, the concept of atomizing liquid to enhance gas-to-liquid 
transfer has not been applied to syngas fermentation or other microbial processes. The goal of 
this research is to couple a BGAL contactor with a packed bed of immobilized Clostridium 
carboxidivorans P7 biofilm culture to enhance gas-to-liquid mass transfer.  Experiments 
included measurement of mass transfer rates and energy intensity of mass transfer in the BGAL 
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contactor and yields and titer of ethanol in the combination of BGAL contactor and packed bed 
biofilm reactor during syngas fermentation.  
 
2. Materials and Methods 
2.1. Apparatus for measuring mass transfer rates in BGAL contactor 
The rate of mass transfer in a BGAL contactor was determined using oxygen as a model 
gas and water as the liquid medium. The experimental apparatus, illustrated in Figure 1, 
consisted of a BGAL contactor and a liquid reservoir. The BGAL contactor was custom built 
from a borosilicate glass of 120 mm outer-diameter and 485 mm in height.  The contactor has a 
dished bottom and is sealed with a polypropylene head-plate with two sealing O-rings. The 
liquid carrying line entering the top of the BGAL contactor through a sealed port was connected 
to a BETE WL type stainless-steel full cone spray nozzle (60o) (Greenfield, MA) with a 1.09-
mm orifice opening. In some tests a bed of randomly packed polypropylene BioTube packed 
material (circular with a spoked design) (Warden Plastics, Bedfordshire, UK) was distributed 
over the bottom perforated tray. The depth of the packed bed was either 0, 5, 10, or 20 cm, where 
0 cm represents no packed bed in the contactor. The nozzle height above the packed bed was 
adjusted to either 5 or 10 cm above the packed bed. In experiments with an empty contactor, the 
nozzle was placed at a height of 5 or 10 cm above the bottom tray. 
The liquid collected at the bottom of the contactor was removed via a peristaltic pump at 
the same rate as liquid entered the contactor. A dissolved oxygen (DO) probe was placed in-line 
of the exiting liquid to measure the DO of liquid exiting the contactor (Figure 1) as a percentage 
of saturation. The liquid reservoir was adapted from a New Brunswick Bioflo 110 fermenter 
vessel (10 L working volume) equipped with two Rushton impellers (7.62 cm diameter) with 
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11.4 cm of separation on the shaft. The liquid reservoir was maintained at 25oC, and the DO of 
the liquid was monitored through a second probe.  
 
2.2. Determination of oxygen transfer rate and mass transfer coefficient in BGAL contactor 
The BGAL contactor and liquid reservoir (Figure 1) were deoxygenated by nitrogen 
purging before experiments. The deoxygenated liquid in the reservoir was then pumped into the 
contactor and atomized via the nozzle. After confirming a DO of essentially zero in the liquid 
exiting the contactor, the gas flow to the contactor was switched to air (at 5 L·min-1). The DO of 
the effluent liquid exiting the BGAL contactor was continuously monitored and recorded every 
12 seconds until the reading stabilized indicating steady state condition being achieved. At 
steady state, the oxygen transfer rate (OTR, mg O2·L-1·min-1) was determined based on the mass 
balance of oxygen associated with the liquid flowing in and out of the contactor, i.e.,  
𝑂𝑂𝑂𝑂𝑂𝑂 = 𝑄𝑄(𝐶𝐶𝑜𝑜𝑜𝑜𝑜𝑜−𝐶𝐶𝑖𝑖𝑖𝑖)
𝑉𝑉
   (1)  
where Q is the flow rate of the liquid being pumped into the contactor, Cin and Cout are the DO 
concentrations of the liquid entering and exiting the contactor, respectively, V is the hold-up 
volume of liquid in the contactor.  Based on the OTR, the mass transfer coefficient (KLa) of the 






  (2) 
where ΔCLM term is the logarithmic mean difference between the DO concentrations of liquid 







   (3) 
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OTR and KLa were measured at four liquid flow rates (397, 510, 624, and 737 mL·min-1).  The 
settings of nozzle height and the packed bed depth were described previously (Figure 1).  
To determine the hold-up volume of liquid in the contactor (V in Equation 1), an 
independent set of experiments were performed.  As shown in Figure 2, a graduated cylinder was 
filled with 500 ml of water and allowed to circulate through the BGAL contactor through two 
pumps. During the circulation, the liquid reaching the bottom was immediately pumped out of 
the vessel to ensure no accumulation in the bottom of the vessel. Once the system reached steady 
state, circulation between the cylinder and BGAL contactor was suddenly stopped and the liquid 
volume in the graduated cylinder, Vcylinder and the volume of the liquid retained in the tubing, 
Vtubing, were measured. From these measurements, the steady state hold-up volume of liquid in 
the reservoir, V, was calculated as: 
𝑉𝑉 = 500 − 𝑉𝑉𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝐿𝐿𝑐𝑐𝑐𝑐𝑐𝑐 − 𝑉𝑉𝑡𝑡𝑡𝑡𝑡𝑡𝑐𝑐𝐿𝐿𝑡𝑡 (4)  
Measurements were made in triplicate for each configuration tested.  
 
2.3. Determination of mass transfer rate and mass transfer coefficient in a stirred tank reactor  
 For comparative purposes, the oxygen mass transfer rate and mass transfer coefficient in 
the stir tank reactor (New Brunswick Bioflo 110 fermenter) were measured using the dynamic 
gassing out method, i.e., using nitrogen to deoxygenate and measuring dissolved oxygen 
concentration changes with time after re-introduction of air as follows [26]:  
𝑂𝑂𝑂𝑂𝑂𝑂 = 𝑐𝑐𝐶𝐶
𝑐𝑐𝑡𝑡
= 𝐾𝐾𝐿𝐿𝑎𝑎(𝐶𝐶∗ − 𝐶𝐶)  (5) 
where C is the dissolved oxygen concentration in the stirred tank. Experiments were performed 
at three agitation rates (200, 500 and 1,000 rpm) with the same liquid temperature as the BGAL 
system (25oC). The aeration rate was controlled at 5 L·min-1 with a liquid volume of 10 L.  
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2.4 Syngas fermentation experiments in BGAL contactor 
2.4.1. Strain and culture medium 
C. carboxidivorans P7 (ATCC BAA-624), used as a model stain, was stored in 1 ml 
frozen glycerol stock at -80oC. The seed culture was prepared based on procedures described 
previously [27]. Briefly, 10 mL modified ATCC 1754 PETC medium containing 5 g·L-1 glucose 
in a Balch anaerobic culture tube was inoculated with 1 mL frozen stock. The culture tube was 
incubated at 37oC for 30 hours and then transferred (10% ratio, v/v) into a 125 mL serum bottle 
containing 50 mL of glucose-free ATCC 1754-PETC medium for 12 hours of incubation. The 
serum bottle culture was transferred to a 1-L bottle with 500 mL of glucose-free medium and 
incubated at 37oC for another 24 hours as a seed for the BGAL contactor. Both 125 mL and 1 L 
bottles were pressurized with CO (5 psi) during incubation.  
 
2.4.2. Setup for BGAL contactor in syngas fermentation experiments 
The BGAL system used in mass transfer experiments was modified for syngas 
fermentation experiments. As shown in Figure 3, the BGAL contactor, liquid reservoir, spray 
nozzle, and packing material were the same as those in mass transfer experiment. Unlike the 
earlier set-up, glass wool (Corning Tewksbury, MA) was added to the packed bed to enhance 
cell attachment. Two Ismatech gear pumps (ISM901B/85715) replaced the peristaltic pumps to 
more reliably and safely recirculate the liquid. Syngas fermentation was performed with a packed 
bed depth of 10 cm and nozzle fixed at 10 cm above the bed.  Either argon (to create inert 
anaerobic environment) or model syngas (mixture of 12.5% H2, 37.5% CO2, and 50% CO, v/v) 
were filtered through a 0.2 micron before entering the contactor.  The exhaust gas from the 
contactor was bubbled through an ice trap to condense stripped solvents.  
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Prior to inoculation, the contactor and all tubing were autoclaved and assembled 
aseptically. Gear pumps were sterilized by recycling 70% (v/v) ethanol through the pump head 
for 1 hour followed by drying at 80oC and purged with sterile filtered argon. Both the contactor 
and liquid reservoir were purged with argon gas to secure anaerobic conditions. The reservoir 
vessel and media were prepared and sterilized using standard aseptic techniques.  
To start the culture, C. carboxidivorans P7 seed (500 mL) was transferred into the liquid 
reservoir (4-L working volume, 100 rpm) to build biomass.  During this stage, ATCC 1754-
PETC medium with 4 g·L-1 glucose was used for heterotrophic growth with residual glucose 
being monitored. The culture was controlled at pH 6.0 with 1 M sodium hydroxide at 37oC. 
Argon gas was flushed to the reservoir headspace at 200 mL·min-1 and through the contactor 
during this stage with no liquid input.  
The system was then switched to syngas fermentation once glucose was exhausted. The 
liquid in the reservoir was pumped into the contactor through the nozzle at 510 mL·min-1, 
trickled through the packed bed, and returned to the reservoir. Two runs were performed with 
syngas introduced into the contactor at two different flow rates (40 mL·min-1 and 150 mL·min-1). 
During syngas fermentation the liquid reservoir headspace was continuously flushed with argon 
gas to maintain anaerobic conditions. The pH of the liquid was monitored, but not controlled. 
Liquid samples were taken from the reservoir for analyses of cell density and metabolites 
(ethanol, butanol, acetate, and butyrate). System temperature was controlled to 37oC. 
 
2.4.3. Analyses of cell density and metabolites  
Cell density was monitored using a spectrophotometer at 660 nm. Residual glucose was 
measured using a Thermo Scientific Dionex 5000 ICS system as previously described [27]. The 
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metabolites ethanol, acetic acid, butanol, and butyric acid produced were analyzed with a Varian 
450 gas chromatograph (GC) equipped with a flame ionized detector. Culture samples were 
centrifuged at 18,000g for 5 minutes to remove any suspended solids. The supernatant was then 
mixed with methanol (0.8 mL sample to 0.2 mL methanol) prior to GC analysis. A split/splitless 
injector was used. Alcohols and organic acids were separated with a Phenomenex Zebron ZB-
1701 column (60 m×0.25 mm×0.25 μm) and a 5 m Zebron Z-guard column with helium as the 
carrier gas. Sample injection temperature was 250oC and injection volume was 0.5 ul with split 
ratio of 1:20. The oven temperature was held at 30oC for 16 minutes, increased to 75oC at 
20oC·min-1, held for 5 minutes, further increased to 250oC at 30oC·min-1 and held for another 5 
minutes. The detector temperature was 280oC.  Determination of ethanol, acetic acid, butanol, 
and butyric acid concentrations were based on external standard curves.  
 
3. Results and Discussion 
3.1. Oxygen mass transfer of BGAL system 
3.1.1. Mass transfer in BGAL contactor in absence of packed bed 
As a baseline comparison, oxygen transfer efficiency of a stirred tank reactor (STR) was 
first determined.  As shown in Figure 4, the oxygen transfer rate (OTR) and oxygen transfer 
coefficient (KLa) increased with increasing impeller speed. The impellers speeds (200-1000 rpm) 
and aeration rates (0.5 vvm) investigated are typical of STR operating conditions. The values of 
OTR, ranging from 1.49 to 6.04 mg O2 L-1 min-1, and KLa, ranging from 0.005 to 0.054 sec-1, 
reported here are representative of mass transfer coefficients for STR systems [13,28].   
The OTR and KLa values of the BGAL contactor in the absence of a packed bed was 
studied as a function of liquid flow rate and nozzle height. OTR and KLa values for the BGAL 
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contactor are shown in Figure 5. The BGAL achieves OTR and KLa values that are on the order 
of 100 times greater than achieved by the STR.  OTR ranged between 380 and 570 mg O2 L-1 
min-1 and KLa ranged between 1.7 and 2.3 sec-1.  Despite some variation with nozzle height and 
liquid circulation rate, OTR and KLa were relatively constant at about 500 mg O2 L-1 min-1 and 
2.0 sec-1, respectively, within the uncertainty of the data. This result suggests that liquid droplets 
were rapidly saturated with oxygen, even for the lowest nozzle height (5 cm) and lowest liquid 
circulation rate (397 ml/min).  
 
3.1.2. Mass transfer in the packed bed zone of the BGAL contactor 
Packed beds with different heights were added to the BGAL contactor. Mass transfer 
performance of the packed bed zone was evaluated with the varying depths of packing material. 
One consequence of adding the packed bed was increased resistance to liquid flow, resulting in 
greater volume of liquid hold-up at steady state. As shown in Figure 6, hold-up volume increased 
with increasing packed bed depth and flow rate through the BGAL. This increase in volume is 
accounted for when calculating OTR and KLa for the BGAL contactor system (Eqs. 1 and 2).  
As shown in Figure 7, OTR of the packed beds were within the range of 2-10 mg·L-1· 
min-1, while the KLa values ranged between 0.01-0.15 sec-1.  The packed bed with 5-cm depth 
had a lower KLa than the deeper bed, due to the shorter residence time of liquid in the shallower 
bed. Higher liquid circulation rate reduced mass transfer rates on a liquid volume basis due to 
increased liquid hold-up volume, which reduced the (per volume) mass transfer efficiency.  
Comparing the mass transfer results of the packed beds (Figure 7) to those of the empty 
BGAL contactor (Figure 5), it is evident that the majority of the gas-to-liquid mass transfer in the 
BGAL contactor occurred in the dispersed liquid zone above the packed bed, with the packed 
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bed itself contributing very little to gas-to-liquid mass transfer. This result contrasts with 
traditional trickle bed reactors in which most of the mass transfer occurs in the packed bed 
region. This can be explained by the fact that the BGAL system has a different primary mass 
transfer mechanism from a traditional trickle bed reactor despite similarities in their construction. 
In a traditional packed bed, a low pressure nozzle is used merely to disperse liquid uniformly 
over the cross section of the bed where most of the gas-to-liquid mass transfer occurs.  In the 
BGAL contactor, the nozzle generates a mist fine enough to accomplish rapid mass transfer in 
the free board above the packed bed, which serves mainly to support a biofilm of the 
fermentation microorganisms and facilitate mass transfer from the liquid film to the biofilm.  
 
3.1.3. Mass transfer of the whole BGAL contactor (with packed bed)  
Based on the gas-to-liquid mass transfer results for the dispersed liquid zone (Section 
3.1.1) and packed bed zone (Section 3.1.2) of the BGAL contactor, the combined effect of these 
two zones was evaluated. As shown in Figure 8, when a packed bed was added to the BGAL 
contactor, both OTR and KLa values decreased by around 50% compared to the empty contactor 
(0-cm packed bed). Deeper packed beds had slightly lower OTR and KLa than the shallower 
beds.  
The above results indicated that the majority of the mass transfer in the BGAL contractor 
has already occurred in the dispersed liquid zone before reaching the packed bed region (Figure 
5), while the mass transfer contribution from the packed bed was minimal (Figure 7). However, 
the liquid hold-up volume in the BGAL system also increased with the inclusion of the packed 
bed (Figure 6), which reduced the overall mass transfer rates for the system. Indeed, a further 
analysis of the overall oxygen transferred (i.e., mg O2·min-1) further confirmed that the mass 
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transfer in the BGAL contactor was mainly occurring in the “dispersed liquid” zone. For 
example, with a 5 cm nozzle height, 5 cm packed bed depth, and a flowrate of 391 mL·min-1, 
99.6% of total oxygen was transfer through “dispersed liquid” zone (2.5 mg oxygen transferred 
in dispersed zone vs 0.01 mg in packed bed) . Similarly, with a 10 cm nozzle height, 20 cm 
packed bed depth, and a flowrate of 737 mL·min-1, the dispersed liquid zone transferred 5.20 mg 
oxygen per minute, while the packed bed transferred only 0.2 mg oxygen per minute (data not 
shown).  
Overall, these results demonstrate that the bulk gas-to-atomized liquid concept could 
significantly enhance gas-to-liquid mass transfer rate and efficiency. The BGAL contactor in 
combination with a packed bed achieved oxygen transfer rates (OTR) of up to 569.5 mg O2·min-
1·L-1 and mass transfer coefficients (KLa) up to 2.28 sec-1 despite increased liquid hold-up 
volumes arising from the packing material, which is still much greater than  achieved for other 
kinds of gas-to-liquid contactors such as stirred tank, bubble column, hollow fiber membrane, 
and trickle bed reactors. For example, the BGAL contactor with a 20 cm packed bed resulted in a 
KLa of 0.45 sec-1 (Figures 8B and 8D), while the KLa values of the stirred tank reactor reported in 
this work was around 0.05 sec-1 (Figure 4B).  Similarly, KLa values of 0.295 sec-1 and 0.117 sec-1 
for a hollow fiber membrane and a trickle bed reactor have been reported, respectively [13].  
Thus, even with a relatively deep bed, the BGAL reactor achieved mass transfer coefficients that 
were 50% to ten-fold greater than other kinds of contactors. 
 
3.2. Energy consumption of BGAL reactor 
Energy required for mass transfer is an important factor in evaluating the performance of 
the BGAL reactor. For this reason, the energy consumption of the STR and BGAL reactors were 
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compared at the operational conditions used in this study. The STR model system used was 
based on a New Brunswick Bioflo 110 fermenter system. Assuming the energy of sparging air 
into the vessel was negligible, energy consumption was mainly from the impeller motor to drive 
liquid agitation. The power of impeller agitation can be estimated as [29], 
𝑃𝑃𝑆𝑆𝑂𝑂𝑂𝑂 = 𝑁𝑁𝑝𝑝𝜌𝜌𝑁𝑁3𝑑𝑑𝑐𝑐5  (6) 
where PSTR is the power of agitation in STR (Watt, J·s-1), Np is the dimensionless impeller 
“Power Number” (here the Np value was set as 10 based on previous reports [29,30], ρ is the 
liquid density (1,000 kg·m-3), N is the impeller rotational speed (sec-1); and di is the impeller 
diameter (0.074 m). Values used for N were 200, 500, and 1000 rpm (3.33, 8.33 and 16.67 sec-1) 
respectively. The power values of the STR using the three agitation rates are listed in Table 1.   
For the BGAL reactor, the energy consumption resulted from pumping the liquid through 
the nozzle orifice (accounting for increasing pressure as liquid flow rate increased through the 




  (7) 
where PBGAL is the power required for pumping liquid in the BGAL system (Watt, J·s-1), Q is the 
volumetric liquid flow rate (m3·hr-1), ρ is liquid density (1,000 kg·m-3), g is gravitational 
acceleration (9.81 m·s-2), h is pressure drop expressed as pump head (m), and η is the pump 
efficiency (assumed to be 100% for the purpose of the present study). The power values 
calculated at different liquid flow rates of the BGAL reactor are also presented in Table 1.  
Based on the power and OTR values of the STR and BGAL reactors, the energy 
consumption (E) for mass transfer of these two types of reactors were determined according to 
the following equation:  
𝐸𝐸 = 𝑃𝑃×60
(𝑂𝑂𝑂𝑂𝑂𝑂)×𝑉𝑉
   (8) 
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where E is the energy consumed based on each unit of mass (oxygen) transferred (J·mg-1 O2), P 
is the power of either STR or BGAL reactors (Watt, J·s-1), OTR is the oxygen transfer rate (mg 
O2·L-1·min-1), and V is the liquid volume in either STR (working volume) or BGAL (retained 
volume) vessel (L).  
As shown in Table 1, the energy consumption of the STR reactor increased sharply as 
agitation rate increased from 200 to 1,000 rpm, while energy consumption for the BGAL reactor 
increased only slightly liquid flow rate increased from 397 mL·min-1 to 737 mL·min-1. As the 
agitation rate and liquid flow rate used in this study are typical of fermentation applications, the 
energy consumption values reported here are representative for these two types of reactors. Table 
1 shows that except at 200 rpm agitation rate in the STR, the BGAL had a lower energy 
consumption than the STR. It should be noted that an STR will most likely be operated at an 
agitation rate higher than 200 rpm, particularly at later stages of the fermentation when the cell 
density is high. Thus, in terms of both mass transfer rate and energy consumption the BGAL 
demonstrates greater potential for enhancing gas-to-liquid mass transfer compared to other gas-
to-liquid contacting methods. 
   
3.3. Application of BGAL reactor to syngas fermentation  
3.3.1. Metabolite production of C. carboxidivorans P7 in BGAL system.   
The BGAL contactor in combination with a packed bed enables syngas to rapidly transfer 
to the liquid phase followed by direct delivery of the gas-saturated liquid droplets to the biofilm 
on the packed bed. To evaluate this beneficial effect, a proof of concept syngas fermentation 
experiment was implemented in the BGAL reactor system (Figure 2). As described in the 
Section 2.4.2, the experiment began with the heterotrophic growth of C. carboxidivorans P7 to 
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build up the cell biomass. Figure 9 illustrates that once syngas fermentation was started, and the 
liquid recirculation between the reservoir and the contactor began, the cell density (OD660) in the 
liquid reservoir gradually decreased, indicating a progressive attachment of cells to the packed 
bed material in the contactor. This attachment ensured that the syngas fermentation process took 
place in the packed bed region while the dispersed droplet zone ensured high mass transfer 
efficiency. Attachment of cells was also crucial for the successful operation of the BGAL reactor 
system as it prevented the cells from being exposed to high shear stress in the nozzle and pump 
and also prevented potential blocking of the nozzle orifice by cell debris.  
Figure 10 shows metabolite production during syngas fermentation under two syngas gas 
flow rates through the BGAL contactor. During both runs the culture followed typical 
progression of syngas fermentation [32]. An initial acetogenic phase was present with synthesis 
of organic acids and associated pH reduction. Maximum acetic acid concentrations of 2.34 and 
3.39 g·L-1 were achieved for the 150 mL·min-1 and 40 mL·min-1 gas flow conditions, 
respectively. Production of butyric acid was minimal in both runs. Once pH of the cultures 
reached minima, a typical switch in the cell’s metabolism to the solventogenic phase was 
triggered and organic acids were reduced to alcohols. Ethanol concentration increased linearly at 
this stage (Figure 10). Ethanol production reached 4.38 and 3.06 g·L-1 for 150 and 40 mL·min-1 
gas flow rates, respectively. The ethanol-to-acetic acid ratio reached 7.6 at both gas flow rate 
settings, which is higher than commonly reported in other syngas fermentation studies [16,33–
37]. This relatively high ratio further suggests that the enhanced mass transfer efficiency 
achieved with the BGAL contactor gave the culture the necessary reducing power (from CO and 
H2) to drive the conversion of acetic acid to ethanol[12].  
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Overall, the data in Figure 10 indicates that the contactor can provide sufficient carbon 
and energy substrates (CO and H2) to C. carboxidivorans P7 to support rapid growth and 
metabolite production. In fact, the lower syngas flow rate (40 mL·min-1) was favorable for 
ethanol production compared to the higher rate (150 mL·min-1). This may be due to the 
oversupply of CO, which could inhibit the growth of C. carboxidivorans P7 cells [38,39]. 
 
3.3.2. Ethanol productivity of the BGAL contactor   
Based on the data presented in Figure 10, the apparent ethanol productivity was 0.216 
and 0.530 mg·L-1·hr-1 for syngas flow rates of 150 mL·min-1 and 40 mL·min-1, respectively. 
However, it should be noted that these values are based on the total volume of liquid in the 
system (i.e., liquid in the reservoir and the contactor, Figure 3), while the “true” biologically 
active region that is catalyzing syngas fermentation only exists in packed bed of the contactor, 
within which the bacteria (residing as a biofilm) were actively metabolizing syngas.  This was 
confirmed by the fact that the suspended cell density remained essentially zero during the 
solventogenic stage of the syngas fermentation (Figure 9). Therefore, the overall ethanol 




� ×  (𝑉𝑉𝑅𝑅𝑅𝑅𝑅𝑅+𝑉𝑉𝐵𝐵𝐵𝐵𝐵𝐵𝐿𝐿)
𝑉𝑉𝐵𝐵𝐵𝐵𝐵𝐵𝐿𝐿
  (9) 
where rA is the ethanol productivity, dC/dt is the ethanol concentration change with time (i.e., 
slope of the ethanol curve in Figure 10), Vres is the volume of liquid in the reservoir (4L), VBGAL is 
the volume of liquid hold-up in the contactor. In this work, it was found that the liquid volume 
within the BGAL packed bed region (VBGAL) was approximately 0.12 L. It should be noted that 
this liquid hold-up volume was higher than observed in the mass transfer determination 
experiments (Figure 6), which is ascribed to the presence of glass wool in the packed bed to 
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facilitate cell attachment and biofilm formation. Based on Equation 9, the ethanol productivity 
based on the actual fermentation volume was 304 and 746 mg·L-1·hr-1 for syngas flow rates of 
150 and 40 mL·min-1, respectively.  In contrast, ethanol productivities of 140 mg·L-1·hr-1 and 15 
mg·L-1·hr-1 have been achieved in HFM reactors [16] and stirred tank reactors [32], respectively, 
during syngas fermentation with C. carboxidivorans P7.  Thus, the BGAL reactor was able to 
increase ethanol productivity between 5 and 50-fold compared to stirred tank and HFM reactors.  
The type of syngas fermenting organism can also play an important role in the ethanol 
production level achieved. For example, C. ljungdahlii19 has reached an ethanol productivity of 
100 mg·L-1·hr-1 within a cell recycle fermentation system [40]. A two stage (CSTR and bubble 
column) continuously fed system with C. ljungdahlii PETC achieved 301 mg·L-1·hr-1 of ethanol 
production with a 5.5:1 ethanol to acetate molar ratio [37]. A study utilizing a continuous trickle 
bed reactor system and C. ragsdalei achieved a 158 mg·L-1·hr-1 [41].  Compared to those ethanol 
production levels in previous reports, the BGAL reactor is expected to achieve much higher 
ethanol productivities due to the enhanced mass transfer. In addition, the immobilization of the 
biocatalyst in the packed bed provided several advantages that can be explored in future 
optimization such as (1) decreasing the liquid (culture medium) volume to a level sufficient to 
maintain the biofilm metabolism and hydration and (2) resistance to adverse environmental 
condition such as oxygen stress or syngas impurities [42–45]. Table 2 provides a summary of 
results generated from a variety of syngas fermentation systems.  
In this study, the BGAL system was operated for a relatively short period of time. In 
longer fermentation operations, cells may detach from the biofilm due to natural aging and the 
metabolically active free cells may enter the reservoir and contribute the ethanol production. In 
this scenario, Equation 9 will need to include the reservoir liquid volume, which would reduce 
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ethanol productivity. To prevent the cell detachment in the packed bed, continuous operation of 
the BGAL system with fresh media introduction may be preferred to maintain healthy cells and 
prevent aging. This type of BGAL operation for syngas fermentation is an area of further study. 
 
4. Conclusions 
This work demonstrated that bulk gas-to-atomized liquid (BGAL) contacting is an 
efficient method for enhancing mass transfer in syngas fermentation. Using oxygen as the model 
gas, gas-to-liquid mass transfer coefficients (KLa) in the range of 0.45- 2.28 sec-1 were achieved, 
depending on packed bed depth, which was as much as 20-400 times higher than achieved in 
other types of gas-liquid contacting reactors. In addition, the energy consumption for each unit of 
oxygen mass transferred in the BGAL reactor was as much as four times less than for a stirred 
tank reactor. By immobilizing the syngas fermenting culture in the packed bed below the liquid 
dispersing zone, the biofilm was able to immediately utilize dissolved syngas substrates from the 
liquid as it flowed through the packed bed.  The ethanol productivity of the BGAL system 
reached 746 mg·L-1·hr-1, which is more than two-fold higher than reported for other kinds of 
syngas fermentation systems.  A relatively high ethanol-to acetic-acid ratio of 7.6 was also 
achieved in the BGAL system. The combination of high mass transfer rates, low energy 
consumption and high ethanol productivity make the BGAL reactor a promising system for 
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Table 1.  Summary of power consumption per reactor (P), oxygen transfer rate (OTR), liquid 
volume (V), overall oxygen transfer per reactor, and energy consumption (E) for oxygen transfer 
of the stirred tank reactor and the BGAL reactor a.   
Operational conditions OTR  (mg O2·L-1·min-1) 




STR (agitation rate)      
200 rpm 1.49 10 0.85 3.42 
500 rpm 4.21 10 12.84 18.30 
1,000 rpm 6.04 10 102.73 102.05 
BGAL (liquid flow rate)  
397 mL·min-1 487.1 0.00542 0.38 8.63 
510 mL·min-1 569.5 0.00609 0.79 13.62 
624 mL·min-1 542.4 0.00776 1.42 20.19 
737 mL·min-1 380.0 0.01376 2.29 26.32 
a The nozzle height was 10 cm above the contactor bottom (with empty chamber) or the surface 






















volume (L) Syngas Composition (%) kLa (sec





STR Clostridium P11 70 60N2, 20CO, 15CO, 5H2 NR 0.9 0.036 25.26 [46] 
STR a Clostridium P11 3 60N2, 20CO, 15CO2, 5H2 NR 0.015 0.027 9.6 [47] 
HFM C. carboxidivorans P7 8 60N2, 20CO, 15CO2, 5H2 0.30 (CO) 0.3 0.143 23.93 [16] 
MBR C. carboxidivorans P7 8 60N2, 20CO, 15CO2, 5H2 ~0.125 (CO) 0.3 0.098 4.89 [19] 
TBR C. ragsdalei 0.5 5N2, 38CO, 28.5CO2, 28.5H2 NR 0.0046 0.037 5.7 [14] 
TBR C. ragsdalei 0.5 5N2, 38CO, 28.5CO2, 28.5H2 NR 0.0028–0.0189 0.158 13.2 [41] 
TBR b Abiotic 0.2 n/a 0.117 (O2) 0.11-0.13 N/a N/a [13] 
2-stage 
STR/BCR C. jlungdahlii PETC 5  60CO, 5CO2, 35H2 0.10 (CO) 
2.4 (STR)    
6.0 (BCR) 0.301 19 [37] 
BGAL C. carboxidivorans P7 0.12c 50CO, 37.5CO2, 12.5H2 0.45-1.0 (O2) 0.040 0.746 4.38 This study 
a Media contained addition of 20 g/L of Corn Steep Liquor  
b Abiotic study to measure oxygen mass transfer coefficient 
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Figure 1. BGAL system used for determination of the mass transfer rate (OTR) and mass 
transfer coefficient (KLa) 
 
Figure 2. System used to determine the liquid volume in the BGAL contactor (free liquid droplet 
zone and the packed bed zone). 
 
Figure 3. BGAL system used for syngas fermentation of C carboxidivorans P7 strain. (1): 
oxygen traps; (2): exhaust gas condensers at 5oC; (3) Alicat mass flow controllers; (4) cold trap 
at 0oC; and (5) gear pumps. 
 
Figure 4. Mass transfer efficiency of a stir tank reactor at different agitation rates. A New 
Brunswick Bioflo 110 fermenter vessel was used with 10-L working volume and aerated with air 
at 5 L·min-1. (A) Mass transfer rate (OTR); (B) Mass transfer coefficient (KLa).   
 
Figure 5. Mass transfer efficiency of the dispersed liquid region of the BGAL contactor (without 
the packed bed) with different liquid circulation rates (Figure 1).  (A) Mass transfer rate (OTR); 
(B) mass transfer coefficient (KLa). The height of the nozzle to the bottom perforated tray of the 
contactor were set as 5-cm and 10-cm, respectively. Data are presented as means of three 
replicates and error bars represents the standard deviations. 
 
Figure 6. Liquid hold-up volume within the whole BGAL contactor (atomized liquid dispersed 
zone and packed bed zone) (Figure 1) at different packed bed depths and liquid circulation rates.  
The packed bed depth of 0-cm indicates a BGAL contactor as an empty chamber only. The 
liquid circulation rate between the BGAL contactor and liquid reservoir (Figure 1) was 397, 510, 
624, and 737 mL·min-1, respectively. The nozzle was located at 5-cm (A) and 10-cm (B) above 
the packed bed, respectively. Data are presented as means of three replicates and error bars 
represents the standard deviations. 
 
Figure 7. Mass transfer efficiency of the packed bed zone of the BGAL system (Figure 1) at 
different packed bed depths and liquid circulation rates. The liquid circulation rate between the 
BGAL contactor and liquid reservoir (Figure 1) was 397, 510, 624, and 737 mL·min-1, 
respectively. The nozzle was located at 5-cm and 10-cm above the packed bed, respectively.  
(A) Mass transfer rate (OTR) of the packed bed with nozzle placed 5-cm above the bed  
(B) Mass transfer coefficient (KLa) of the packed bed with nozzle placed 5-cm above the bed  
(C) Mass transfer rate (OTR) of the packed bed with nozzle placed 10-cm above the bed  
(D) Mass transfer coefficient (KLa) of the packed bed with nozzle placed 10-cm above the bed  




Figure 8. Mass transfer efficiency of the whole BGAL contactor (atomized liquid dispersed zone 
and packed bed zone) (Figure 1) at different packed bed depths and liquid circulation rates.  
The packed bed depth with 0-cm indicate the BGAL contactor contain the empty chamber only. 
The liquid circulation rate between the BGAL contactor and liquid reservoir (Figure 1) was 397, 
510, 624, and 737 mL·min-1, respectively. The nozzle was located at 5-cm and 10-cm above the 
packed bed, respectively.  
(A) Mass transfer rate (OTR) of the BGAL contactor with nozzle 5-cm above the bed  
(B) Mass transfer coefficient (KLa) of the BGAL contactor with nozzle 5-cm above the bed 
(C) Mass transfer rate (OTR) of the BGAL contactor with nozzle 10-cm above the bed  
(D) Mass transfer coefficient (KLa) of the BGAL contactor with nozzle 10-cm above the bed 
Data are presented as means of three replicates and error bars represents the standard deviations. 
 
Figure 9. Cell density in the liquid reservoir of the BGAL system (Figure 3) during syngas 
fermentation. Time zero was set as the time when syngas fermentation stage was started (i.e., 
start of liquid recirculation between the contactor and reservoir and the time when gas flow to the 
BGAL chamber was switched to syngas).   
 
Figure 10. Production of various metabolites during syngas fermentation in the BGAL reactor 
system. Time zero was set as the time when the syngas fermentation stage was started (i.e., start 
of liquid recirculation between the contactor and reservoir and the time when gas flow to the 
BGAL chamber was switched to syngas).  (A) gas flow rate was 150 mL·min-1; (B) gas flow rate 






Figure 1. BGAL system used for determination of the mass transfer rate (OTR) and mass 






Figure 2. System used to determine the liquid volume in the BGAL contactor (free liquid droplet 








Figure 3. BGAL system used for syngas fermentation of C carboxidivorans P7 strain. (1): 
oxygen traps; (2): exhaust gas condensers at 5oC; (3) Alicat mass flow controllers; (4) cold trap 






Figure 4. Mass transfer efficiency of a stir tank reactor at different agitation rates. A New 
Brunswick Bioflo 110 fermenter vessel was used with 10-L working volume and aerated with air 
at 5 L·min-1. (A) Mass transfer rate (OTR); (B) Mass transfer coefficient (KLa).   












































Figure 5. Mass transfer efficiency of the dispersed liquid region of the BGAL contactor (without 
the packed bed) with different liquid circulation rates (Figure 1).  (A) Mass transfer rate (OTR); 
(B) mass transfer coefficient (KLa). The height of the nozzle to the bottom perforated tray of the 
contactor were set as 5-cm and 10-cm, respectively. Data are presented as means of three 
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Figure 6. Liquid hold-up volume within the whole BGAL contactor (atomized liquid dispersed 
zone and packed bed zone) (Figure 1) at different packed bed depths and liquid circulation rates.  
The packed bed depth of 0-cm indicates a BGAL contactor as an empty chamber only. The 
liquid circulation rate between the BGAL contactor and liquid reservoir (Figure 1) was 397, 510, 
624, and 737 mL·min-1, respectively. The nozzle was located at 5-cm (A) and 10-cm (B) above 
the packed bed, respectively. Data are presented as means of three replicates and error bars 
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Figure 7. Mass transfer efficiency of the packed bed zone of the BGAL system (Figure 1) at 
different packed bed depths and liquid circulation rates. The liquid circulation rate between the 
BGAL contactor and liquid reservoir (Figure 1) was 397, 510, 624, and 737 mL·min-1, 
respectively. The nozzle was located at 5-cm and 10-cm above the packed bed, respectively.  
(A) Mass transfer rate (OTR) of the packed bed with nozzle placed 5-cm above the bed  
(B) Mass transfer coefficient (KLa) of the packed bed with nozzle placed 5-cm above the bed  
(C) Mass transfer rate (OTR) of the packed bed with nozzle placed 10-cm above the bed  
(D) Mass transfer coefficient (KLa) of the packed bed with nozzle placed 10-cm above the bed  































































































Figure 8. Mass transfer efficiency of the whole BGAL contactor (atomized liquid dispersed zone 
and packed bed zone) (Figure 1) at different packed bed depths and liquid circulation rates.  
The packed bed depth with 0-cm indicate the BGAL contactor contain the empty chamber only. 
The liquid circulation rate between the BGAL contactor and liquid reservoir (Figure 1) was 397, 
510, 624, and 737 mL·min-1, respectively. The nozzle was located at 5-cm and 10-cm above the 
packed bed, respectively.  
(A) Mass transfer rate (OTR) of the BGAL contactor with nozzle 5-cm above the bed  
(B) Mass transfer coefficient (KLa) of the BGAL contactor with nozzle 5-cm above the bed 
(C) Mass transfer rate (OTR) of the BGAL contactor with nozzle 10-cm above the bed  
(D) Mass transfer coefficient (KLa) of the BGAL contactor with nozzle 10-cm above the bed 
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Figure 9. Cell density in the liquid reservoir of the BGAL system (Figure 3) during syngas 
fermentation. Time zero was set as the time when syngas fermentation stage was started (i.e., 
start of liquid recirculation between the contactor and reservoir and the time when gas flow to the 





















: 150 mL·min-1 syngas flow rate






Figure 10. Production of various metabolites during syngas fermentation in the BGAL reactor 
system. Time zero was set as the time when the syngas fermentation stage was started (i.e., start 
of liquid recirculation between the contactor and reservoir and the time when gas flow to the 
BGAL chamber was switched to syngas).  (A) gas flow rate was 150 mL·min-1; (B) gas flow rate 















































































Ethanol Slope = 0.530 g/L/d
(B)
Ethanol Slope = 0.216 g ·L-1·d-1 
(A) 
